Introduction
The life of hydrodesulfurization (HDS) catalysts for residues is very much dependent on both coke deposition and metal accumulation. An attempt was made to describe the HDS process by computer simulation in consideration of reaction kinetics and fouling processes.
Although commercialized residue HDS processes have either a fixed bed or an ebullated bed of catalyst, a moving catalyst bed system would be a promising alternative. We have developed a simulation model of the HDS reaction which is applicable to both fixed-bed and moving-bed systems.
An extensive study of residue HDS kinetics has been made by many researchers, and the overall rate of desulfurization is expressed as secondorder with respect to the sulfur content in many cases1). Second-order kinetics, however, cannot be applied to deep desulfurization1), 3) . It is also reported that the reaction behavior was well represented by assuming the following model: the apparent reaction order was determined by both the sulfur content and the rate constants of reactive/nonreactive sulfur compounds4),7). The mass transfer effect in a porous catalyst is also an active research area5),6). Spray et al. 8 ) have studied the relationship between molecular diameter and diffusion coefficient of asphaltene in a petroleum feedstock.
As far as the process of catalyst deactivation in general is concerned, various deactivation models have been described12),16),17), since Wheeler10), 11) proposed a uniform poisoning and a poremouth poisoning model. For the contamination mechanism of residue HDS, Newson13) proposed a poreplugging model, and he attempted to estimate the catalyst cycle length in a trickle-bed HDS reactor. Parkin et al.14) proposed a more generalized expression, and showed that analog computer simulation was a useful tool in the design of an HDS reactor.
National Chemical Laboratory for Industry, Japan, has proposed a new type of HDS process or the Moving-bed Hydrodesulfurization (MDS) Process. The flow scheme of this MDS Process is as follows15),19): the liquid feed and hydrogen-rich gas introduced into the reactor from the bottom of the reactor flow upward. The used catalyst is withdrawn from the reactor bottom, and fresh catalyst is fed from the top. Although the catalyst is added and withdrawn during operation both in the MDS Process and the ebullatedbed process, the major difference between the two processes is that only the most deactivated catalyst is withdrawn in the MDS Process; thus, reducing catalyst consumption.
The process of catalyst deactivation in an MDS reactor is compared with that in a fixed-bed system as follows: In a fixed-bed system, the decline in catalyst activity is compensated by gradual rise in temperature from the start of a run (SOR) to the end of the run (EOR), where metal deposition plays a major role in deactivation. On the other hand, the catalyst activity in an MDS reactor is maintained by partial replacement of the deactivated catalyst by fresh catalyst. Operation is normally carried out at a constant temperature higher than the SOR of the corresponding design of a fixed bed system. Thus, the catalyst, especially fresh one in an MDS reactor, is likely to be deactivated by deposition of both metal and coke accelerated at higher temperatures.
Since it is not possible to simulate the catalyst deactivation of the MDS Process by the above mentioned model of Parkin et al.*, it is necessary to develop a deactivation model applicable to MDS Process simulation.
Simulation Model

HDS Kinetics
The residue HDS kinetic model can be determined on the basis of previously known ex- where Ef is the effectiveness factor and k is the intrinsic rate constant. Beuther et al.1) and Inoguchi et al.9) reported that the coke deposit reached the equilibrium level in the early period of a run, and that catalyst deactivation in an MDS reactor could not be simulated with Parkin's model. So it was necessary to measure the change in coke deposit for an extended period of time. The purpose of the experiments shown in Table 1 was to investigate this change. The HDS experiment of 1,800 hours at certain fixed conditions was conducted using five catalysts of four types, which had already been used in the HDS tests for 500 to 6,000 hours, and the changes in the coke and vanadium deposits were measured before and after the run. Analytical data of catalysts and experimental conditions are shown in Table 1 .
The results obtained for each catalyst were remarkable: the vanadium deposit increased and the coke deposit never increased but decreased sharply. Thus, it is proposed that i) coke deposition may be reversible because the deposited coke is able to decrease, ii) and vanadium may expel the coke which has previously been deposited.
Based on these two assumptions, the coke deposition model for the MDS Process can be expressed by Eq. (3).
where qc is the amount of coke on the catalyst. Eq. (3) indicates that reduction of an active surface area Aoc gives a negative value to rc; thus, causing a decrease in coke content on the catalyst. Furthermore, the latter assumption, ii), defines Aoc expressed by Eq. (14) .
The temperature dependency of all rate constants, ks, kv, kc1 and kc2 is represented by typical Arrhenius behavior. Hydrogen concentration in the residue is affected by both reaction pressure and temperature, and the solubility of hydrogen is given by for 50<P<180, 573<T<733
Catalyst Deactivation
Metal and coke accumulate on the catalyst pellets with time, and catalyst activity decreases.
In our catalyst deactivation model, the cause for deactivation is postulated to be the deposition of vanadium and coke. The quantities of vanadium and coke accumulated are given by Eqs. (2) include the effect of nickel deposition, C/H ratio of coke etc. As the deposit of vanadium occupies the surface area for coke formation, the remaining active surface area for coke formation is given by 
Effectiveness Factor
The effectiveness factor used in Eq. (1) or (2) depends on the reactant concentration, which is affected by diffusion in a porous medium. The mass balances of sulfur and vanadium may be respectively written in the case of a spherical catalyst:
Hydrogen concentration is postulated to be the same in and out of the catalyst.
Since larger amounts of vanadium deposit on the outer parts of a pellet than at the central part, the effective diffusivity is not constant throughout the pellet. However, in our calculation, we assumed, for convenience, that the effective diffusivity distributed uniformly throughout the pellet.
Eq. (17) or (18) 
the HDS reaction process.
Experimental and Parameter Estimation
Experimental
In this study, the HDS tests were made by use of five catalysts prepared in our laboratory and three petroleum feedstocks in order to determine 
Parameter Estimation
A flow scheme of the parameter estimation in this work is shown in Fig. 1 After the parameters for vanadium removal were determined, the coking reaction parameters kc1, kc2 were estimated until the calculated and experimentally obtained quantities of coke and vanadium on the used catalyst were in good agreement (Fig.  3) . The results of calculation were finally checked with the aging curves (Fig. 2) Table  4 . Using these values, the pressure effect on the HDS process is shown in Fig. 4. 
Correlation between Parameters and Properties of Catalyst/Feedstock
Kinetic parameters of Iranian Heavy vacuum residue for other experiments in which catalysts "A", "B", "C" and "E" were used were estimated;
and parameters of Khafji vacuum residue and of Iranian Heavy atmospheric residue were determined by use of the "D" catalyst. The parameters obtained were found to be significantly dependent on the properties of the catalyst and feedstock used. Typical illustrations are presented in Figs. 5 and 6. The trend shown in Figs. 5 and 6 suggests that the effective diffusivity of vanadium vary with both the catalyst pore volume and the asphaltene content. Furthermore, the result in Fig. 5 indicates that the apparent catalyst activity of vanadium removal depends on the catalyst properties which vary the effective diffusivity, and not the rate constant. As for the vanadium saturation capacity on the catalyst, the dependency on catalyst/feedstok properties is observed. The correlation between parameters and properties of catalyst/feedstock obtained is summarized Catalyst: "A", "B", "C", "D", and "E"
in Table  4 .
4. Simulation of Bench-Scale Plant 4.1 Bench-Scale Plant and Operating Procedure The applicability of HDS simulator was studied by use of the bench-scale plant data, which were obtained from the runs to produce 0.8wt% sulfur fuel oil from Iranian Heavy vacuum residue. Two bench-scale plants used were isothermal and upflow type reactors.
One of the plants was a fixedbed plant and the other was a moving-bed simulator using fixed-bed reactors.
Dimensions of the fixed-bed plant were as follows: inner diameter, 25.4mm; thermowell diameter in the center of the reactor, 6.35mm; catalyst bed volume; 250cm3.
The moving-bed simulator system included seven reactors, which were serially connected.
A schematic flow diagram of the system is illustrated in Fig. 7 shown in Fig. 9 . After start-up the temperature was gradually raised in order to maintain the sulfur content in the products to 0.8wt% to prevent losses in catalyst activity with time. When the maximum temperature was reached, it was kept constant. When the sulfur in the products exceeded 1.0wt%, the first reactor was disconnected from the others, and a standby reactor was connected at the outlet of the reactor system. After sulfur in the products decreased to 0.7wt%, the sulfur level was permitted to increase with time.
And whenever sulfur in the products exceeded 1.0wt%, the same procedure for reactor exchange was carried out. In this model operation, thus, the sulfur levels changed from approximately 0.6 to 1.0wt%, or to about 0.8wt% on average.
Simulation of Fixed-Bed Reactor and Moving-Bed Simulator
The method used for calculation of simulation is presented in the appendix. Fig. 8 shows simulation for the fixed-bed reactor. The input data were: kinetic parameters, properties of catalyst and feedstock, and reaction conditions. The simulation procedure was such that when sulfur in the products exceeded 0.83wt%, aging curves and the vanadium content in the products were calculated. Fig. 9 shows the results of simulation in the moving-bed simulator. The input data were the same as those in the fixed-bed. The simulation procedure for this case was as follows: before the first reactor was exchanged, sulfur in the products was calculated at the given temperature; after the exchange, the sulfur content was calculated at the constant temperature by using the distribution of catalyst activity in the system, in which the catalyst in the reactor connected at the outlet was fresh. A distinctive feature of the simulation shown in Fig. 8 appeared in three aging curves, that was the effect of changing the liquid hourly space velocity (LHSV) on catalyst life. If catalyst life cycle were dependent only on metal contamination, the life cycle at 0.3 LHSV would be approximately two times as long as the one at 0.6 LHSV. However, since the catalyst life at 0.3 LHSV was much longer than that expected, it was clear that deactivation caused by coking was not negligible.
On the other hand, the simulation shown in Fig. 9 indicated that sulfur in the products increased sharply not gradually after the reactor exchange. It was considered that deactivation was due mainly to coke deposits, and not to metal contamination, because only about 1wt% of vanadium was deposited on the catalyst during 200 or 300 hours after the reactor exchange.
Simulation by Use of Parameter Correlation
It frequently becomes necessary to estimate reactivity and catalyst life of any feedstock by shortterm HDS tests. However, such kinetic parameters as vanadium capacity and coking rate constant which affect catalyst deactivation behavior cannot be determined only by such shortterm HDS tests. For that purpose, the correlation already obtained between the HDS simulation parameters and the properties of catalyst/feedstock Tables 2 and 3, respectively. The bench-scale plant aging runs shown in Fig.  10 were made under the following conditions: the level of sulfur in the products kept at 0.4wt% at 0.32 LHSV for 300 hours; the level of sulfur kept at 1.4wt% at 1.5 LHSV after 300 hours. The run shown in Fig. 11 was made at constant LHSV but with variable temperature and pressure. Simulation kinetic parameters for Figs. 10 and 11 were estimated by use of the correlation summarized in Table 4 except for the pre-exponential factors of sulfur and vanadium removal. These factors were repeatedly determined to get a good agreement between results of calculation and experimental data of sulfur and vanadium in the products at start of the run. The aging curves and vanadium in the products shown in Fig. 10 were simulated by the same procedure as in Fig.  8 . The variation in the levels of sulfur in the products shown in Fig. 11 was simulated by using actual reaction conditions.
The use of the parameters thus predicted enables us to get an accurate estimate of the cycle length or catalyst consumption.
Conclusion
Hydrotreating petroleum stocks of high metal contents, such as Iranian Heavy vacuum residue and Venezuelan heavy crude, will be associated with more severe fouling of the HDS catalysts. The axial distribution of catalyst activity in the reactor of the MDS Process, in which the catalyst is continuously charged and discharged, was considered. To represent the fouling process, an improved model, which included both the interaction of coking reaction and vanadium removal and the pore-plugging was developed.
A good agreement with the bench-scale plant data was obtained with the HDS simulator based on the above deactivation model. The simulator was useful and practical for predicting the reactor performance in the fixed-bed and moving-bed systems.
Appendix
The calculation scheme of the program is shown in Fig. 12 . The reactor length and the process time are divided into i and j, respectively, for the finite difference approach in the program.
First of all, the catalyst is defined as a fresh catalyst at start of run j=1 according to Eqs. (5) to (8) . After setting concentration of sulfur/vanadium and reaction temperature to those of the feed, calculation starts in the first stage of reactor i=1 using Eqs. (23) to (25), which are solved using the Newton-Rapson method. Thiele-moduli can be determined from the values of the surface area and effective diffusion coefficient defined in Eqs. (12) to (16) . The effectiveness factors can be given from the relationship between Thielemodulus and effectiveness factor. Calculation at this stage of the reactor should be repeated according to Eqs. (1), (2), (4) and (23) to (25) until the values of the concentration at the outside surface of the pellet converge. At the same time, the amounts of vanadium and coke on the catalyst will have already been calculated. After the calculation of concentration and temperature along the reactor axis is complete, the program proceeds to the next step of process time j+1 using the amounts of vanadium and coke on the catalyst which have already been calculated in the prior step of process time j. If the concentration of sulfur is above the level set, the reaction temperature is raised or a fresh catalyst is charged with the same amount of used catalyst drawn off.
The HDS reaction characteristics in the reactor such as concentrations of sulfur and vanadium, quantities of vanadium and coke deposits, and activity of the catalyst at each stage of the reactor and in each process period are described.
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